ELSEVIER

Available online at www.sciencedirect.com

ScienceDirect

International Journal of Heat and Mass Transfer 50 (2007) 5177-5193

International Journal of

HEAT ..« MASS
TRANSFER

www.elsevier.com/locate/ijhmt

Examination of heat transfer correlations and a model for flow
boiling of R134a in small diameter tubes

D. Shiferaw?, X. Huo °, T.G. Karayiannis **, D.B.R. Kenning*
* Brunel University, School of Engineering and Design, Uxbridge UBS 3PH, UK
® Oaksmere Refrigeration Design and Consultancy, Stowmarket, UK

Received 27 March 2007; received in revised form 3 July 2007
Available online 13 August 2007

Abstract

Analysis of various existing correlations including a three-zone evaporation model is made using a comparison with recent experimen-
tal results obtained in this study. Flow boiling heat transfer experiments were conducted with two stainless steel tubes of internal
diameter 4.26 mm and 2.01 mm. The working fluid was R134a and parameters were varied in the range: mass flux 100-500 kg/m?s; pres-
sure 8—12 bar; quality up to 0.9; heat flux 13150 kW/m?>. The local heat transfer coefficient was independent of vapour quality when this
was less than about 40-50% in the 4.26 mm tube and 20-30% in the 2.01 mm tube. Local transient dryout was deduced when the quality
was above these values. Furthermore, at high heat flux values the heat transfer coefficient decreased with vapour quality for the entire
quality range indicating early occurrence of dryout.

Existing correlations, which are based on large tube boiling processes, do not predict the present small diameter data to a satisfactory
degree. A better agreement is observed with the recent, state-of-the-art, three-zone evaporation model. However, the model does not
predict the effect of diameter and the partial dryout. Nevertheless, the observation suggests that the flow pattern based modelling
approach performs at least as well as empirical correlations that are based on macroscale modelling. Aspects of the model that need

further consideration are also proposed in this study.
© 2007 Elsevier Ltd. All rights reserved.
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1. Introduction

Flow boiling heat transfer in small diameter tubes and
microchannels is a subject of intense research. Despite the
fact that various heat transfer correlations have been pro-
posed, many of them empirically formulated from a rigor-
ous data analysis, hydrodynamic and thermal aspects of
boiling in small diameter tubes are not well understood.
Moreover, there are only a few theoretical models that link
the heat transfer mechanism with flow regimes observed in
small diameter tubes. This paper compares experimental
data for R134a boiling in 4.26 and 2.01 mm tubes at pres-
sures of 812 bar with correlations for flow boiling in small
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tubes and with the three-zone evaporation model of Thome
et al. [1] for the slug flow regime.

There is no clear definition of the classification criterion
for the size range in small/mini/microchannel two-phase
flow study. Most of the ways used to classify the various
size ranges do not consider the physical mechanism and
other effects involved when varying the size of the channels.
Some definitions of microscale hydraulic diameter classifi-
cation are suggested in the literature. Kandlikar and
Grande [2] recommended: conventional channels (d}, > 3
mm), minichannels (200 um < @, < 3 mm) and microchan-
nels (10 pm < d, <200 um). The surface tension forces
influence the mechanism of heat transfer in small tubes;
as the diameter of the tube decreases, the surface tension
force surpasses the effect of gravity. Only a few attempts
have been made to address these issues in the classification
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Nomenclature

Bo Bond number, g(p; — py)d*/c

Co Confinement number, [a/g(p; — py)]"/*/d
Cso correcting factor on the initial film thickness
diameter (m)

pair frequency (Hz)

mass flux (kgm2s")

gravitational acceleration (m s ?)
enthalpy (J kg™")

latent heat of vaporization (J kg™')
length (m)

mass flow rate (kgs ')

Nusselt number, ad,/A

pressure (Pa)

heat (W)

heat flux (W m~?)

Reynolds number, Gdy,/u

temperature (K)

time (s)

velocity (m s~ ')

Weber number, G*dy/p; - ¢

Ma:)r?nelli parameter, (G/G,)"° (pu/p)™ (w/
W)™

thermodynamic quality

z axial distance (m)

Q™S

S S0
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N
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Greek symbols
o heat transfer coefficient (W m > K™")

4 finite increment

0 liquid film thickness (m)

A thermal conductivity (W m~' K1)
v kinematic viscosity (m?s~")

0 density (kg m™?)

o surface tension (N m™")

T pair period (s)

Subscripts

crit critical

dry dryout zone

end end

film liquid film between bubble and wall
h hydraulic

i index

1 liquid

lo liquid only

min minimum

opt optimum

p pair

ref reference

tp two-phase

tt liquid-turbulent and gas-turbulent
v vapour

w wall

0 initial

theory. Kew and Cornwell [3] examined the effects of
geometry and size on two-phase flow and heat transfer.
They defined the threshold criterion where macroscale heat
transfer modelling becomes unreliable for predicting flow
boiling heat transfer coefficients as a function of the con-
finement number. This is the square root of the reciprocal
of the Bond number, which is the ratio of the gravity and
surface tension forces so, Co = [a/g(p; — py)]"/*/d. As the
diameter decreases or the Co number increases above the
threshold given by this criterion, i.e. Co=0.5 (Bo=4),
bubble growth is assumed to be confined by the channel
to the point where individual bubbles grow in length rather
than in diameter. This is variously termed the elongated
bubble regime, confined bubble flow or (following macro
channel terminology) slug flow. Recently, Chen et al. [4]
examined the flow patterns at qualities x > 0 leaving tubu-
lar boiling test sections ranging in diameter from 4.26 mm
down to 1.1 mm for R134a over the pressure range 6—
14 bar. The flow patterns were observed by digital high-
speed camera in a borosilicate glass tube with an internal
diameter matched to the test section and installed at its
exit, providing an adiabatic length for flow development.
Chen et al. [4] defined the conventional regimes of dis-
persed bubble, bubbly, slug, churn, annular and annular-
mist flow. In addition, they departed from the above termi-

nology by distinguishing slug flow (bullet shaped bubbles
with sharp corners and a fluctuating surface at the rear)
from confined bubble flow (bubbles with convex rear ends).
Confined bubble flow occurred for a combination of low
liquid and vapour superficial velocities. It was observed
in the 2.01 mm tube only at the lowest pressure of 6 bar
but occurred at all pressures in the 1.10 mm tube. For these
same combinations of pressure and diameter, the liquid-
vapour interfaces in slug and churn flow that occurred at
higher liquid and vapour velocities were less disturbed.
These indications of the increasing importance of surface
tension with decreasing diameter were consistent with the
diameters predicted by the confinement number criterion,
which for R134a ranged from 1.7 mm at 6 bar to 1.4 mm
at 14 bar. There is no particular reason why there should
be a sharp threshold for the onset of the influence of sur-
face tension, nor is it obvious that the controlling factor
should be the ratio of surface tension forces to hydrostatic
forces rather than hydrodynamic forces. Flow regimes may
also transform gradually, rather than have sharp bound-
aries. Chen et al. [4] determined the regime boundaries
(corresponding to the midpoint of a transition zone) by
visual analysis of video recordings at fixed total mass flow
for increasing vapour flow created by small increments in
the heat input to the test section, using criteria defined in
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their paper. While further tests over a wider range of con-
ditions may be required to determine whether it is indeed
necessary to plot a boundary between confined bubble
and slug flow, they found that the boundaries between
the other regimes could be determined with sufficient con-
sistency to identify the influences of pressure and tube
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diameter. Examples of dimensional regime maps from [4]
for different diameters at pressures of 6 and 14 bar using
the superficial velocities of the liquid and vapour phases
as coordinates are shown in Fig. 1, excluding the confined
bubble-slug flow boundary. Constant mass flux and con-
stant quality lines are superimposed on the maps in Chen’s

> & P
(s F§&HFEe S ¢
107 T A A A A

©

o

ceoshosls /S S

(st /S R o

=3260kg/m - x ,'.“

o LB y

(o] B i

=16004&a/m *t 9

X A/ m = _;53

1 4 m

G#E00kdIm 0
™
] o
© GoA00kGms £
3
49«.:
U.W*_ %
] F
B + 4726 mm/6bar
O
_,;P' = 238 mm/6 bar
© 201 mm/6 bar
* 1.10mm/ 6 bar
0.01 : . ‘ T T ; ) (mis)
0.01 0.1 1 10 100
Uge
~ ©

ms) & ‘55& F & Fe o &

(LRI S A A B A A R
Gegdbowgpts / /S /S S &

- m/m{/ // a 14 bar
%
G=3200ka s s J;S'
F=1600kaits o/ ’l’ w
1_ n = & 4m WBK A £ ¥ _\{P
G s00yimes, Sy :_ O ! o
Z :
- 79:/400 Im:’e:'f/a‘/ ll 4
3 /;j/;/ ‘ ' ®
o200 stug g@ 0 -\?

01 _eao gfimi%s i’l‘ J?g.b
M’ + 426 mm/ 14 bar
% = 288mm/ 14 bar

SRy ' © 201 mm/ 14 bar

' *x 110 mm/ 14 bar

0.01+ T 1 T I T T . , (mfs)
0.01 0.1 1 10 100

Fig. 1. Flow regime boundaries for R134a in tubes of diameter 1.10-4.26 mm. Dimensional plot of Uy, vs. U,s with constant mass flux and quality lines at:

(a) 6 bar (b) 14 bar, Chen [5].
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thesis, [5]. The maps for different diameters collapsed onto
a single map in a non-dimensional plot employing the
liquid and vapour Weber numbers (the ratio of surface ten-
sion forces to hydrodynamic forces). With increasing pres-
sure, the regime boundaries shifted to slightly higher
vapour Weber numbers, [4]. Chen et al. [4] suggested this
as a tentative method of predicting flow regimes, noting
that further work was required including the examination
of the uncertainty in the width of the transition zones
between regimes. Any regime map that uses local flow
parameters as coordinates assumes that flow regimes are
not affected by the heat flux and the local fluctuations that
become stronger with decreasing diameter in the boiling
section, nor by flow development in the adiabatic observa-
tion section. Explicit information about flow regime
boundaries is rarely required for heat transfer correlations
but it is necessary to define the range of validity of mecha-
nistic models that are regime-specific. The maps in Chen
et al. [4] have been used for this purpose in this paper when
comparing experimental data for R134a with the Thome
et al. [1] model for the slug flow regime.

There are limited experimental works that have investi-
gated the effect of diameter by testing a wide range of pas-
sages of various diameters. Some researchers including Yan
and Lin [6], Agostini and Bontemps [7], Palm [8] and Huo
[9] have experimentally showed that the heat transfer coef-
ficient increases when the diameter decreases. Various
experimental results from different research groups have
shown discrepancies regarding the effect of other parame-
ters such as vapour quality, mass flux, heat flux and satu-
ration pressure on the heat transfer coefficient. Based on
the results, various interpretations have been given for
the heat transfer mechanism in small diameter tubes such
as: forced convection, nucleate boiling, transient film evap-
oration surrounding the confined bubbles, convection and
evaporation of the wavy annular film. A number of
researchers including Lazarek and Black [10], Wambsganss
etal. [11], Tran et al. [12], Bao et al. [13] and Huo et al. [14],
experimentally demonstrated that the heat transfer coeffi-
cient is nearly independent of vapour quality and mass flux,
while it is strongly dependent on heat flux and saturation
pressure. Conventionally, this is interpreted as evidence
that nucleate boiling is the dominant heat transfer mecha-
nism. A small number of researchers, e.g. Carey et al. [15]
said that nucleation was not an important mechanism
because, in their experiments, heat transfer coefficients
were independent of heat flux, dependent on mass flux,
and increased with quality.

A number of researchers have studied the fluctuations in
pressure and wall temperature but few have analysed the
confined bubble using local measurements synchronised
with a video of the bubble motion. Yan and Kenning [16]
investigated water boiling at atmospheric pressure in a
2 x 1 mm channel. They showed that the pressure fluctua-
tions were caused by the acceleration of liquid slugs by
expanding confined bubbles, confirming a model of Kew
and Cornwell [17], and that the corresponding fluctuations

in saturation temperature were of similar magnitude to the
mean superheat causing evaporation, so they could not be
neglected. The fluctuations were accompanied by cyclic
changes in the local mechanism of heat transfer between
single and two-phase convection and nucleate boiling that
did not fit the conventional interpretations of time-aver-
aged heat transfer coefficients, Kenning and Yan [18],
Wen et al. [19]. Brutin and Tadrist [20] made similar local
observations for n-pentane boiling in a 4 x 1 mm channel
and observed that the average heat transfer coefficient
reached its peak value in the fluctuating regime.

The bubbles in small diameter tubes grow rapidly to
confined bubbles which ultimately fill the tube. Conse-
quently there is sometimes a direct transition from confined
bubble to annular flow under certain conditions. At high
heat flux, the rapid expansion of bubbles expels the liquid,
creating an intermittent local dryout, until the next liquid is
replenished. Zhang et al. [21,22] noted that the highest heat
transfer in their microchannels was achieved in confined
bubble flow at sufficiently low time-averaged exit quality
to avoid dryout of the liquid film round the bubbles.
Wen et al. [23] observed at very low mass fluxes the down-
stream propagation of transient high wall temperatures
indicative of dryout, even at low heat fluxes. In channels
of circular cross-section, in which events in the boiling
region cannot be observed directly, decreases in time-aver-
aged heat transfer coefficient with increasing quality, often
accompanied by fluctuating wall temperatures, have been
attributed to transient dryout, particularly at low mass
flux, [9]. There have been few studies that investigated the
mechanism of dryout in small channels. Kenning et al.
[24] suggested that there are two different mechanisms of
dryout around individual bubbles in microchannels. These
are dryout as a result of depletion of the film thickness
below a certain minimum by complete evaporation of the
liquid film beneath the confined bubble and dry out due
to surface tension driven ‘capillary roll-up’ on partially-
wetted surfaces with finite contact angles.

There may be two different sorts of partial dryout in the
slug flow regime in small tubes. One is a cyclical process
caused by regular dryout of the liquid film near the rear
of each confined bubble, analogous to dryout of the micro-
layer under individual bubbles in pool nucleate boiling.
The other may involve several bubbles or the expulsion
of liquid from the tube, so that it has a longer timescale
and is analogous to transition boiling preceding film boil-
ing in pool boiling. Microchannel heat transfer correlations
generally do not consider either type of partial dryout and
there are no correlations or models that predict the effects
of the second type of dryout on heat transfer and the
vapour quality at which it occurs.

Various recent flow boiling correlations, along with a
more detailed presentation of the three — zone evaporation
model proposed by Thome et al. [1] (which does include the
first type of cyclic dryout), are briefly introduced in Section
2 of this paper. The correlations and the model are then
compared with experimental results obtained with two
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stainless steel tubes of internal diameter 4.26 mm and
2.0 mm, using R134a at 8 bar and 12 bar system pressures.

2. Brief summary of some recent correlations and a model

Only recent correlations and a model are discussed here.
The comparison with the Lazarek and Black [10], Gungor
and Winterton [25] and Tran et al. [12] correlations were
first presented in Huo et al. [14]. Table 1 summarises briefly
the conclusions of the comparison for 8 and 12 bar.

Kandlikar [26] modified the Kandlikar [27] correlation,
which was developed to predict saturated flow boiling heat
transfer coefficients for large diameter tubes of high Rey-
nolds number based on the single-phase, all-liquid, heat
transfer coefficient. It was based on a model utilizing the
contributions of nucleate boiling or convective mecha-
nisms by taking the greater of the two. The main develop-
ments in the recent correlation include the extension of the
single-phase all-liquid heat transfer coefficient to the lam-
inar region and considering no convective boiling contri-
bution for deep laminar regions. The correlations which
were used for the single-phase all liquid heat transfer coef-
ficient can be summarized based on the different regimes
as follows: the Gnielnski [28] and Petukhov and Popov
[29] correlation were used for the turbulent region
(Rey, = 3000); Nu=4.36 was used for the laminar region
(Rej, <1600). For the transition region (1600 < Rej, <
3000), linear interpolation of the heat transfer coefficient
between laminar and turbulent flow was used. The convec-
tive boiling contribution was neglected for the deep lami-
nar region (Rej, < 100).

The original Chen [30] correlation was developed for
liquid-turbulent and gas-turbulent flow conditions, so the
Martinelli parameter X = X,;. Following on from that,
Zhang et al. [31] extended the correlation to the liquid-lam-
inar and gas-turbulent conditions considered to character-
ise boiling in mini-channels by introducing a factor
dependent on the Reynolds number. For the single-phase
heat transfer coefficient the Dittus—Boelter correlation
was used for the turbulent region (Rey, > 2300);

Table 1

Nu =4.36 for the laminar region (Re), < 2000) and linear
interpolation was used between laminar and turbulent for
the transition region (2000 < Rey, < 2300).

It can be seen from the above that Kandlikar [27] and
Zhang et al. [31] have a different classification threshold
for the laminar and turbulent regions. This is one of the
issues that are not clearly defined in microchannel two-
phase flow studies.

2.1. The three-zone evaporation model [1]

The model predicts the local dynamic and the local time-
averaged heat transfer coefficient at fixed locations along
the channel based on the evaporation of elongated bubbles.
Following the passage of a liquid slug, a bubble is modelled
to pass as a confined elongated bubble trapping a thin
liquid film against the inner wall. If the liquid film dries
out before the arrival of the next liquid slug, then a vapour
slug follows (triplet). If not, then the model assumes the
existence of a pair consisting of the liquid slug and the elon-
gated bubble. Therefore, a novel feature of the model is
that it considers a dryout zone and exploits the transient
evaporation of the film. The model does not include a con-
tribution from nucleate boiling.

For the purpose of the present comparisons, it is neces-
sary to summarise the model briefly, in order to highlight
important and relevant parameters that will be discussed
later. The local heat transfer coefficient is given as the time
averaged of the three zones: (1) liquid slug, (2) elongated
bubble and (3) dryout zone.

t film tar
tp(2) = Fo1(2) + P g (2) + 21, (2) (1)
where
1
T=— 2
7 (2)

The mean heat transfer coefficient through the evaporating
thin liquid film surrounding the elongated bubble, was ob-
tained by assuming one—dimensional heat conduction in a

Summary of the prediction results of the existing correlations for the present data, [14]

Authors [Reference] Channel size and

Fluid and parameter range

Comparison results of [14]

geometry

Lazarek and Black [10] 3.15 mm, single tube R113 Under-predicted the experimental results of 4.26 and 2.01 mm at
G = 125-750 kg/m* s pressure of 8 and 12 bar by about 30% or more. The disagreement
P=1.3-4.1bar increased with pressure.
g = 14-380 kW/m?

Gungor and Winterton 3.0-32 mm, R11, water Under-predicted the experimental results by 30% for the 4.26 mm

[26] G =12.4-61518 kg/m’ s at 8 bar and by more than 30% at 12 bar. Relatively less under-

P =0.08-202.6 bar prediction, within 25% was obtained for the 2.01 mm at 8 bar.
¢=0.35-91 x 10° kW/m?

Tran et al. [12] 2.46 mm, single tube R12 Consistently under-predicted the 4.26 mm data within 30%. The

4.06 x 1.7 mm, single

rectangular channel P =5-8 bar

g=3.6-129 kW/m?

G =44-832kg/m® s

prediction was worse for the 2.01 mm tube. There was no pressure
effect in the comparison for both tubes




5182 D. Shiferaw et al. | International Journal of Heat and Mass Transfer 50 (2007) 5177-5193

stagnant thin liquid film. This assumption may mean that
the model should not be applied in the unstable conditions
of churn flow, in which conduction may be enhanced.
The researchers did not define three parameters by fun-
damental analysis, namely the minimum thickness of the
liquid film at dryout (dmin), the pair frequency (f), which
is the frequency of the bubble generation and the correc-
tion factor, Cy for initial film thickness. These parameters
had to be found by optimising the prediction of the model
against an experimental database for the heat transfer coef-
ficient. The initial thickness of the liquid film was found by
using the Moriyama and Inoue [32] film thickness predic-
tion and applying an empirical correction factor, Csy as
shown in Eq. (3). Dupont et al. [33] compared the model
predictions with a database (1591 test data for R11, R12,
R113, R123, R134a, R141b and CO,) and recommended
general values of the parameters after optimising empiri-
cally each parameter with the whole range of the database.

0.84
% = Cs <3 %) [(0.07B0°4)™* + 0.1°F]71/* (3)
p
5min =03 pm (4)
B q 1.74 H
fOpt - Gt VA (5)
P. —0.5
Gref = 3328( Sdi) (6)
Cso = 0.29 (7)

In the current paper, the above recommended values of the
three parameters were used in the comparison with the
experimental result. It is desirable, however, to obtain inde-
pendent estimates of the three parameters from detailed
observations.

An experimental facility was used to determine the heat
transfer coefficient in small diameter tubes using R134a
fluid. The experimental method is described in Section 3.
Some of the heat transfers results and the comparisons with
existing recent correlations and with the model of Thome
et al. [1] will be presented in Sections 4 and 5, respectively.

3. Experimental facility and procedure

The experimental facility was described in detail in Huo
et al. [9,14]. The test sections were made of stainless steel
cold drawn tubes; the first one was 4.26 mm in internal
diameter, internal roughness 1.75 pum with 0.245 mm wall
thickness and 500 mm in length; the second test tube was
2.0l mm in internal diameter, roughness 1.82 pm with
0.19 mm wall thickness and 211 mm in length. A borosili-
cate glass tube for flow pattern observation was located
immediately downstream of the heat transfer test section.
A digital high-speed camera (Phantom V4 B/W,
512 x 512 pixels resolution, 1000 pictures/s with full reso-
lution and maximum 32,000 pictures/s with reduced resolu-
tion, 10 ps exposure time) was used to observe the flow
patterns.

X =
' hlv

All the instruments were carefully calibrated. The uncer-
tainty in temperature measurement was +0.16 K, flow rate
measurements +0.4%, and pressure measurements
+0.15%, [14]. The average error in the heat transfer coeffi-
cient was +6%. A validation was performed using single-
phase pressure drop and heat transfer tests before running
the boiling experiment. The single-phase friction factor
results agreed well with the Blasius correlation, i.e. within
the uncertainty of the experiment. Also, the single-phase
Nusselt number (Nu) results agreed very well with Dittus-
Boetler and Petukhov correlation; again below the uncer-
tainty limit. A series of flow boiling tests were then per-
formed at different mass flux and heat flux. During these
tests, the inlet temperature was controlled by adjusting
the capacity of the chiller and heating power to the pre-
heater. The flow rate was set to the required value and
the heat flux was increased gradually until the exit quality
reached about 90%. The data were recorded after the sys-
tem was steady, which normally took about 15 min but
sometimes longer. Each recording was the average of 20
measurements. The next test was then performed at a dif-
ferent flow rate.

The local heat transfer coefficient at each thermocouple
point was determined based on the following equation:

q
_ 8
v= (8)

where T, is the local inner wall temperature, 7; is the lo-
cal fluid temperature and ¢ is the inner wall heat flux to
the fluid. 77 was deduced from the fluid pressure, which
was determined based on the assumption of a linear pres-
sure drop through the test section. Ty, was calculated
based on the outside surface temperature recorded by
the thermocouples, heat flux and the tube wall thermal
resistance. The heat lost to the ambient, AQ, was included
in the calculation. It was obtained from single-phase
experiments, [9,14]. An energy balance based on the heat
supplied minus losses and the enthalpy change enabled
the exit thermodynamic quality to be calculated. The total
enthalpy change across the test section was calculated
based on the flow rate of the refrigerant and the pressure
and temperature change measured by the differential pres-
sure transducer and thermocouple, respectively, at two
ends of the test section. The thermodynamic quality (x)
was determined based on the heat transferred to the fluid,
given as

Chi—hy

©)

where /; and £, are the specific enthalpy of saturated liquid
and vapour, respectively. /; is the local specific enthalpy of
the fluid. This was determined from the enthalpy of the pre-
vious section and the heat transferred to the fluid, i.e.

L.

—(0-A 10
(0~ AQ) (10)
where the heat input (Q) is equal to the product of the volt-
age and the current applied directly to the test section.

hi=hi_1 +
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Local flow boiling heat transfer coefficients and flow
patterns for R134a were obtained for the range: pressure
8 and 12 bar, heat flux 13-150 kW/m?, mass flux 100—
500 kg/m?s, thermodynamic quality 0-0.9 and tube diame-
ter 2.01 and 4.26 mm. The boiling experiments were per-
formed over a period of 6 months and the long-term
repeatability was the same as the short-term experimental
uncertainty.

4. Experimental results

Typical experimental data for the local heat transfer
coefficient are plotted in Fig. 2 as a function of quality at
different heat fluxes for a pressure of § bar at a constant
mass flux of 300 kg/m?s in the 4.26 and 2.01 mm tubes.
The flow pattern transition boundaries predicted by the
Chen et al. [4] regime maps are also shown.

For the 4.26 mm tube, Fig. 2a, at qualities x < 0.5
approximately the heat transfer coefficient is constant
within £10% at a value that increases with increasing heat
flux. Within this region, there is a pattern of small changes

that become more pronounced with increasing heat flux:
there is a small decrease from the first to the second mea-
suring point, then an increase to a maximum value at the
fifth measuring point, followed by a gradual decrease. Con-
sequently, these features occur at higher values of x as the
heat flux increases. They exceed the experimental uncer-
tainty and do not occur in the single-phase tests, so they
are though to be genuine and not the consequence of sys-
tematic errors at individual thermocouples. They do not
appear to coincide with the flow regime boundaries
deduced from [4]. For qualities >0.5, achievable only at
the three heat fluxes > 80 kW/m? and lying well in the
annular flow regime according to [4], the heat transfer coef-
ficient decreases rapidly with increasing quality and the
data for the three high heat fluxes converge on a single line.
The pattern of separate lines of nearly constant heat trans-
fer coefficient at low quality merging with a single line of
increasing heat transfer coefficient at higher quality is
familiar in flow boiling experiments in large tubes per-
formed with axially uniform heat flux and leads to the con-
ventional interpretation of nucleate boiling at low quality
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Fig. 2. Local heat transfer coefficient as a function of vapour quality with different heat fluxes; G =300 kg/m’s, P =8 bar. (a) d =4.26 mm (b)
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being suppressed as the wall superheat is depressed by the
increase in convective heat transfer at high quality. This
interpretation is inconsistent with the decreasing heat trans-
fer coefficient and increasing wall superheat in the present
experiments. In this particular region only, the tube wall
temperature was observed to be highly unstable, leading
to large fluctuations so that the experiment had to be
stopped occasionally to avoid damaging the test section.
It is therefore likely that the decrease in the heat transfer
coefficient with increasing vapour quality may be attribut-
able to the occurrence of partial (intermittent) dryout with
a long timescale. The data logging system was not set up to
record accurately rapid changes in wall temperature in
these experiments and the nature of the variations will
require further investigation.

The experimental data for the 2.01 mm tube at the same
mass flux and system pressure, shown in Fig. 2b, exhibit
similar characteristics of separate lines for each heat flux
at low quality, merging into a single line of decreasing heat
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transfer coefficient with increasing quality in the tests at
higher heat fluxes. The transition to decreasing heat trans-
fer coefficient occurs at lower quality than in the 4.26 mm
tube. At 68 kW/mz, there is a gradual transition. At
82 kW/m2, a sharper transition occurs at x =0.35, just
beyond the churn-annular boundary predicted by [4]. At
97 kW/m?, it occurs at x = 0.22 in the churn flow region.
For the two highest heat fluxes of 108 kW/m?

123 kW/m?, the region of decreasing heat transfer coeffi-
cient commences very close to the start of the heated length
in the slug flow regime. The lines for the two heat fluxes
coincide as far as the estimated slug-churn boundary,
where there is a relative increase in the heat transfer coeffi-
cient for 108 kW/m? that persists until the lines for all heat
fluxes merge in the annular regime.

The influence of system pressure on the heat transfer
coefficient is illustrated in Fig. 3 for the 4.26 and
2.01 mm tubes for the same mass flux of 300 kg/m’s and
a nominal heat flux of 80 kW/m?. (The actual heat flux
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Fig. 3. Local heat transfer coefficient as a function of vapour quality for various system pressures, G = 300 kg/m>s, nominal ¢ = 80 kW/m?>
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for each run is shown on the graphs). The flow pattern
transition boundaries from [4] shift to higher values of x
with increasing pressure, the shift being slightly larger in
the smaller tube. In the 4.26 mm tube, the approximately
uniform heat transfer coefficients in the region x < 0.5
increase with system pressure. The dotted lines demon-
strate the effect (shift) due to changes in system pressure.
There is no change in the quality at which the transition
to heat transfer coefficient decreasing with quality occurs.
In this region, the effect of pressure becomes less regular
and the heat transfer coefficient converges on 8-10 kW/
m? at x = 0.7 for all pressures. In the 2.01 mm tube, there
is a general increase in heat transfer coefficient with
increasing pressure throughout the experimental range of
quality. In the region of nominally constant heat transfer
coefficient at low x, there is a slight decrease in the coeffi-
cient with increasing x at the higher pressures.

The dependence of the heat transfer coefficient on mass
flux in the range 200500 kg/m? s at 8 bar is investigated in
Fig. 4 for the 4.26 mm and 2.01 mm tubes at nominal heat
fluxes of 68 kW/m? and 80 kW/m?, respectively. The flow
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regime boundaries based on [4] are shifted to significantly
lower qualities as the mass flux increases (shown by the
dotted lines). At low qualities, the approximately uniform
values of the heat transfer coefficient are almost indepen-
dent of the mass flux within experimental uncertainty for
both tubes. The influence of mass flux on the transition
to heat transfer coefficients that decrease with increasing
quality is less clear. In the 4.26 mm tube, the transition
occurs in the annular flow regime. The data for mass fluxes
of 200 and 300 kg/m? s follow the same line throughout the
range of measurement. Identifying the transition at the
higher mass fluxes of 400 and 500 kg/m?” s depends on the
reliability of the decrease in heat transfer coefficient
recorded at the last measuring station, which indicates a
shift of the transition point to lower quality with increasing
mass flux. In the 2.01 mm tube, the transition occurs in the
nominal churn flow regime. The data for 200 and 300 kg/
m? s coincide within experimental uncertainty before and
after the transition, which occurs at 0.2 < x < 0.3; the data
for 500 kg/m” s are only slightly higher and terminate at
x =0.35. The uncertainty is introduced by the data for
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Fig. 4. Local heat transfer coefficient as a function of vapour quality for different mass flux, P = 8 bar: (a) d = 4.26 mm, nominal ¢ = 68 kW/m? (b)

d=2.01 mm, nominal ¢ = 80 kW/m?.
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400 kg/m?s, which may indicate transition at a higher
value of x ~ 0.36 near the churn-annular boundary. If this
is confirmed, the trend is in the opposite sense to that in the
4.26 mm tube. Further experiments are required to resolve
the issue, using longer heated lengths to achieve larger exit
qualities, subject to any limitations imposed by pressure
drop.

The observed characteristics of the heat transfer coeffi-
cients at low quality are similar to those conventionally
interpreted as evidence that flow boiling in large tubes is
dominated by nucleate boiling: the coefficients increase
with increasing heat flux and pressure but are insensitive
to quality and mass flux. However, the three-zone evapo-
ration model proposed by Thome et al. [1] suggests that,
for small passages, the same behaviour can be explained if
transient evaporation of the thin liquid film surrounding
elongated bubbles, without nucleate boiling contribution,
is the dominant heat transfer mechanism. This is not alto-
gether surprising, because both mechanisms involve the
cyclic creation and evaporation of thin liquid films which
may involve small-scale dryout. This is on smaller length-
and time-scales than the partial dryout that has been pro-
posed as the probable explanation for the decreases in
heat transfer with increasing quality observed in this
study.

5. Comparison with some recent correlations and three-zone
evaporation model

The heat transfer results were compared with some
recent correlations and the three-zone evaporation model.
The results and comments are presented below. The exper-
imental data in the region of decreasing heat transfer coef-
ficient with increasing quality are not included in the
comparisons shown in Figs. 5-7. This is because the region
is attributed to the intermittent dryout, which was not con-
sidered in the development of the correlations. The model
considered a different form of intermittent dryout.
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5.1. The 2004 Kandlikar [26] correlation

The comparison of the Kandlikar [26] correlation with
the experimental results is depicted in Fig. 5. For both
tubes at 8 bar pressure, the under-prediction exceeds 30%
at low values of heat transfer coefficient. The prediction
is better at higher heat transfer coefficient, although there
is significant scatter. This may indicate that there is a sys-
tematic reason for deviations at low flow rates. The corre-
lation is empirical, using a regression analysis of a large
data bank. Different equations are proposed depending
on the Reynolds number, which defines the flow regions.
Therefore, the question of the uncertain boundary between
turbulent flow and laminar flow in small tubes could affect
the applicability of this correlation more than other corre-
lations. There is no obvious diameter effect in this compar-
ison, i.e. the disagreement is similar for both diameters
studied. Also, there was no effect of pressure on the com-
parison, hence only typical prediction results at 8 bar sys-
tem pressure are shown in Fig. 5.

5.2. The 2004 Zhang et al. [31] correlation

The comparison with the experimental results is pre-
sented in Fig. 6. For the 4.26 mm tube, the correlation pre-
dicts the results very well, i.e. within £20% at a pressure of
8 bar. The results are under-predicted especially for the
lower heat transfer coefficients by more than 30% at
12 bar pressure. In Fig. 6¢c and d, for the 2.01 mm tube,
the correlation under-predicts the experimental results up
to 30% for 8 bar and by more than 30% for the 12 bar pres-
sure; the comparison is better at high heat transfer coeffi-
cient. There is bias in the predictions with changing
system pressure and the 8 bar results are predicted better
than those for 12 bar. In general, the correlation predicts
the larger diameter tube experimental results better than
the smaller tube. This could be due to the fact that the
Zhang et al. [31] basically generalised Chen’s [30] correla-
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Fig. 5. Comparison between the local heat transfer coefficient and the corresponding experimental results predicted by Kandlikar and Balasubramanian

[26] correlation.
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Fig. 6. Comparison between the local heat transfer coefficient and the corresponding experimental results predicted by Zhang et al. [31] correlation.

tion and hence based their work on the model proposed for
conventional diameter heat transfer correlations.

5.3. The Thome et al. [1] three-zone evaporation model

The mechanistic three-zone evaporation model of
Thome et al. [1], briefly described in Section 2, was devel-
oped assuming that slug flow is the prevailing flow pattern
in small diameter tubes. Consequently, it should not be
used outside this regime. The model does not include a pre-
diction of its own range of validity by modelling the extinc-
tion of the liquid bridge between confined bubbles, so
regime boundaries have been estimated based on [4]. The
experimental data in the annular flow region and all data
exhibiting the characteristics of partial dryout are omitted
from the comparisons shown in Fig. 7. Strictly, data in
the predicted churn flow regime should also be excluded,
because instabilities at the liquid—vapour interface may
enhance heat transfer by conduction through the liquid
film, but they have been included here.

Fig. 7a includes a group of data points that are greatly
under-estimated by the model. They are all associated with
very low vapour qualities (x = 0 to 0.13), i.e. near the inlet
to the test section. This serious disagreement may be attrib-

uted to the onset of nucleate boiling, i.e. exclusion from the
model of bubble formation in the unconfined bubbly flow
region. The model assumes all-liquid flow up to the incep-
tion of the confined bubbles at x = 0 and employs a lami-
nar fully developed single-phase heat transfer correlation
that gives heat transfer coefficients much lower than for
unconfined bubbly flow. The examples in Thome et al. [1]
always have a heat transfer coefficient that changes from
a very low value at x = 0 to a large value at a small positive
value of x, followed by a slight decrease with further
increase in x, as seen in the following comparisons of the
axial development of the experimental and predicted coef-
ficients. These points at very low x have been omitted from
the other plots in Fig. 7 as unrepresentative of fully-con-
fined bubble flow.

The model consistently over-predicts the 4.26 mm data
by 20-40% at a pressure of 8 bar. At a pressure of
12 bar, good agreement is achieved, i.e. within £30%; there
is a tendency to over-predict at higher values of the heat
transfer coefficient. For the 2.01 mm tube, the data are pre-
dicted within +20% at 8 bar and are mostly under-pre-
dicted by up to 30% at 12 bar. The data are more
scattered for the 2.01 mm tube than for the larger
4.26 mm tube. On the whole, the three-zone evaporation
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Fig. 7. Comparison between the local heat transfer coefficient predicted by the Thome et al. [1] model and the corresponding experimental results.

model predicts the experimental data at least as well as the
rest of the correlations, which are based on large tube boil-
ing correlations. This reasonably satisfactory global perfor-
mance supports the proposition that a model that excludes
nucleate boiling can nevertheless represent the “apparently
nucleate boiling regime” but the bias in the predictions
with changing tube diameter and system pressure suggests
that the performance of the model should be examined
more closely.

The comparisons between the model and the data are
examined on a more detailed local basis in Figs. 8-10, plot-
ting heat transfer coefficient against quality. These figures
cover the full range of experimental qualities, because it
appears that the model can make satisfactory predictions
at qualities expected to be in the annular flow regime, up
to the onset of partial dryout. The churn/annular transition
boundary from Fig. 2 is also shown in Fig. 8§ to indicate the
extension of the model prediction in the annular regime.
There may be some differences between the highly transient
flow conditions within the heated test section and those
observed in [4] in an adiabatic section following the test
section, which require further investigation.

Fig. 8 shows the local heat transfer coefficient versus
vapour quality for various heat fluxes at constant mass flux
and at 8 bar pressure. The experimental values are always
high at x =0 and remain at approximately the same level
up to the quality where partial dryout commences, with
some fluctuations that are mostly within the bounds of
experimental uncertainty. As seen in Fig. 8a, the model
over-predicts the 4.26 mm tube data for the entire range,
with the difference increasing with increasing heat flux.
Heat transfer in the apparent conditions of partial dryout
observed for x >0.55 and ¢ > 97 kW/m? is highly over-
predicted by the model. The effect of heat flux on the exper-
imental heat transfer coefficient gets smaller as the heat flux
is increased; this is not well predicted by the model. As
shown in Fig. 8b, for the 2.01 mm tube, the prediction is
better at lower heat flux values, however the data is again
over-predicted as the heat flux increases. The partial dryout
observed for x> 0.3 and ¢ > 80 kW/m? is also predicted
poorly. The experimental heat transfer coefficient increases
with heat flux for low to moderate heat flux values (20—
80 kW/m?). At high heat flux values, ¢ > 80 kW/m? the
heat flux effect decreases and further increase in the heat
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Fig. 8. Comparison of the local heat transfer coefficient versus vapour quality with the Thome et al. [1] model for various heat flux values and P = 8 bar:

(a) d =4.26 mm, (b) d=2.01 mm.

flux produces a significant change in the characteristic of
the curve and an opposite effect on the heat transfer coef-
ficient for x > 0.15 until all heat flux lines merge. However,
the predicted heat transfer coefficient increases with heat
flux almost uniformly for all heat flux values, i.e. it contin-
ues increasing even at very high heat flux values, highly
over-predicting the experimental data.

A comparison with the model for local heat transfer
coefficient versus vapour quality for various combinations
of mass flux and heat flux is depicted in Fig. 9 for the
426 mm and 2.0l mm tubes at a pressure of 8 bar and
12 bar. These figures are included to demonstrate the effect
of mass flux and pressure on the prediction. Fig. 9a, for the
4.26 mm tube at pressure of 8§ bar, shows that the model
over-predicts the data with increasing mass flux and heat
flux, as in Fig. 8a. However, in Fig. 9b at 12 bar, the larger
diameter experimental results are predicted very well for
g <60 kW/m? and G < 300 kg/m?*s. At higher values of

heat and mass flux the model over-predicts the experiment
results. In general, the prediction is highly improved as the
pressure increases from 8 to 12 bar, because the model pre-
dicts the larger diameter tube data better at 12 bar than
8 bar. This indicates that the performance of the model is
sensitive to system pressure. In Fig. 9c and d, the local heat
transfer coefficient versus vapour quality is depicted for the
2.01 mm tube, at both pressures. Examination of Fig. 9¢c
indicates a very good agreement with the experimental val-
ues in the range of quality 0.15 < x < 0.3 for G <300 kg/
m’s and ¢ <80 kW/m’. The experimental results are
over-predicted outside the above quality range and the
over-prediction increases as mass and heat flux values
increase. Fig. 9d presents the same comparison for the
same diameter but at a system pressure of 12 bar. The
experimental data are slightly under-predicted at lower
mass and heat flux (G <200 kg/m®s, ¢ <54k W/m?).
Above these values, the model tends to slightly over-predict
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with that predicted by the three-zone model at § bar pressure.

the data. A significant over-prediction is observed for the
highest heat flux (¢ = 147 kW/m?), for which the corre-
sponding experimental results show a monotonic drop in
heat transfer coefficient with quality, attributed to early
dryout in the experiments.

In general, the predicted heat transfer coefficient tends
to decrease slightly with vapour quality after a peak at
around x ~ 0.05 to 0.1 for the entire range, for both diam-
eters at both pressures, especially for high heat flux and

8 bar, (d) d =2.01 mm, P =12 bar.

mass flux values. The experimental results remain nearly
constant until partial dryout occurs. The model includes
a mechanism of periodic dryout under each confined bub-
ble but the partial dryout region is highly over-predicted
for all the data.

Fig. 10 presents the diameter effect as predicted by the
model in comparison with the corresponding experimental
result, at a system pressure of 8 bar. The experimental
results show that the heat transfer coefficient decreases with
increasing diameter. However, the model predicted an
opposite effect of diameter on the heat transfer coefficient,
i.e. the heat transfer coefficient for the larger diameter is
higher than that of the smaller diameter. This was also
observed by Dupont and Thome [34], who suggested that
it could be due to the fact that the model is suited for smal-
ler diameter tubes, as it is based on a flow pattern mostly
observed in small diameters. The heat transfer coefficient
versus heat flux in comparison with the model results is
also shown in Fig. 11 for the 2.01 mm tube. Again, the
experimental data in the region of decreasing heat transfer
coefficient with increasing quality, indicative of partial dry-
out, are not included in this figure. The heat flux exponents
obtained in the curve fitting are slightly higher for the
model. However, both exponents are similar to a typical
pool boiling correlation case.

The model prediction is highly sensitive to the initial and
end film thickness of the confined bubble and the frequency



D. Shiferaw et al. | International Journal of Heat and Mass Transfer 50 (2007) 5177-5193

30000 T T T T T —

10000

Heat Transfer Coef. (W/m?2K)

5000
20000

T T
100000
Heat flux (W/m?)

Fig. 11. Heat transfer coefficient versus heat flux of the experimental
results and that predicted by three-zone model for d =2.01 mm tube at
P =8 bar and G =300 kg/m’s.

of bubble generation. The extent of the dryout zone is
directly associated to the value of the end film thickness,
which is one of the optimized parameters. Fig. 12 presents
the heat transfer predictions by the model at various heat
fluxes with modified parameters. When the critical end film
thickness value for dryout (1.75 um) is made approximately
equal to the tube average roughness (1.82 pm), parameter
Cs, is slightly changed to a value of 0.43 and the frequency
of bubble generation (f) is 1.5 times that recommended by
Dupont et al. [33], good predictions are obtained of the
partial dryout case that occurred early at very low quality.
This suggests that the distinction drawn earlier in this
paper between cyclic dryout and more extensive partial
dryout may require further consideration. The range of
data is at present too small for definite conclusions but this
example suggests that wall roughness may be a significant
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variable for flow boiling in small tubes. It has rarely been
reported in past studies but it should be recorded in future
measurements. Appropriate characterization of the rough-
ness requires further investigation.

Based on the comparison above, features of the model
that may require modification include the analytical deter-
mination of the bubble generation frequency, and the ini-
tial and end film thicknesses. The modifications by Thome
et al. [1] of the Moriyama and Inoue [32] film thickness
correlation for the prediction of the initial film thickness
have eliminated the influence of bubble growth time. This
modification results in an entirely different prediction of
the behaviour for the condition of increasing bubble
velocity in a tube of fixed radius, i.e. that the film thick-
ness reaches maximum value and then decreases, which
appears to be inconsistent with the available experimental
evidence for steady flow. Also, the model assumes already
formed elongated bubbles and does not include the incep-
tion of the elongated bubbles and their growth from
departing bubbles, i.e. the initiation of the confined bub-
ble regime at x =0 needs to be revised. The model does
not take account of the fluctuations in saturation temper-
ature. This is a simplification which may or may not be
valid in all circumstances, which must be examined fur-
ther. Assessment of such variations may require a major
extension of the model, if shown to be significant. The
discrepancy in the pressure effect could be attributed to
a limitation of the one-dimensional model, which does
not solve the equation of motion for the liquid slug to
allow for the variations in pressure. On the other hand,
the high pressure gives higher vapour density that leads
to lower vapour superficial velocity. As a result, pressure
changes could cause a flow map shift, (i.e. a shift from
elongated bubble regime) which affects the model applica-
bility. At present, the model does not accommodate such
variations. The model may also need to consider a cyclic
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Fig. 12. Experimental results and predictions for continuous dry out cases when the critical film thickness value ., = 1.75 pm, Cso = 0.43 and the
frequency of bubble generation, f equals 1.5 times that recommended by Dupont et al. [33].
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occurrence of nucleate boiling in thin film regions, as
observed by Kenning and Yan [18], Wen et al. [19]. How-
ever, the model is at an early stage of development and
may provide a good starting point for further work of this
nature.

6. Conclusions

A global comparison of the existing correlations and a
detailed analysis of the three-zone evaporation model were
presented in this paper, based on experiments on R134a
boiling in two sizes of tube over a range of pressures and
mass fluxes. The experimental results for the 4.26 mm tube
demonstrate that the heat transfer coefficient increases with
heat flux and system pressure, but does not change with
vapour quality when the quality was less than about 40-
50%, for low heat flux. For the 2.01 mm tube, this bound-
ary moves to 20-30% vapour quality. This behaviour at
low quality is conventionally interpreted as evidence that
nucleate boiling is the dominant heat transfer mechanism.
For higher vapour qualities, the heat transfer coefficient
becomes independent of heat flux and decreases with
vapour quality. This could be caused by partial (intermit-
tent) dryout.

A comparison of the present results with the existing
correlations shows that the correlations cannot predict
the heat transfer data satisfactorily. The state-of-the-art,
three-zone evaporation model of Thome et al. [1] is based
on convective heat transfer in the confined bubble regime,
without any contribution from nucleate boiling. It is found
that the model predicts experimental data that would be
conventionally interpreted as nucleate boiling at least as
well as any correlation, confirming the claims of its authors
[1] that a model without a nucleate boiling contribution
may provide a reasonably successful approximate predic-
tion of the “apparently nucleate boiling” heat transfer
regime.

The mechanistic model [1] should only be used in the
slug flow regime for which it was developed. It was found
that it gave satisfactory predictions extending into the
annular flow regime, as defined by the studies in [4] based
on quasi-equilibrium conditions in an adiabatic section fol-
lowing a boiling section. The relation between such obser-
vations and the highly transient conditions in boiling
requires further investigation.

The model requires further development. It predicts that
the diameter of the tube has opposite effect on the heat
transfer coefficient as that indicated by the actual data.
The pressure changes are seen to significantly affect the
model prediction capability. Features of the model that
may require modification include independent determina-
tion of the bubble generation frequency and the initial
and end film thicknesses, the fluctuations in pressure and
consequently in saturation temperature caused by the cyc-
lic acceleration of the liquid slugs and the contribution
from nucleate boiling before the position at which confined
bubbles are formed.

The model does not predict satisfactorily the conditions
of decreasing heat transfer coefficient that occurred in the
426 mm and 2.01 mm tubes at high quality and which
are attributed to partial dryout. However, a satisfactory
prediction was achieved for one example of partial dryout
at high heat flux and low quality, by modifying the recom-
mended values of the three disposable parameters in the
model.
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